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Abstract

The Euler-Euler model is widely used in bubbly flow simulations up to industrial dimensions. The

standard Euler-Euler model is based on the phase-averaging method. After averaging, the bubble

forces in the field equations are functions of the local gas volume fraction. In simulations, when

the bubble diameter is larger than the computational cell spacing, the forces can transport the gas

belonging to the same bubble in different directions. By contrast, a closure model for the bubble

force is typically developed based on the assumption that the force is a resultant force that acts on

the bubble’s center-of-mass. This inconsistency can lead to a nonphysical gas concentration in the

center of a channel or near the channel wall if the bubble diameter is larger than the cell spacing.

The purpose of the present contribution is to developed an Euler-Euler model where the

bubble force consistency is recovered for two-phase flow simulations where the diameter of the

disperse phase can be larger than the cell spacing. Such an Euler-Euler model is developed by

combining an existing particle-center-averaged Euler-Euler framework with a Gaussian convolution

method. To validate this Euler-Euler approach, a comparison is made with experimental data for

the bubbly flows in two different vertical pipes. The results show that the proposed Euler-Euler

model recovers the bubble force consistency and alleviates the over-prediction of the gas volume

fraction peak near the wall, while its simulation results in the axial gas and liquid velocity and the

liquid turbulence kinetic energy are similar to the results of the standard Euler-Euler model.

Keywords— bubbly flow simulation, Euler-Euler model, particle-center-averaging method, Gaus-

sian convolution method, bubble’s number density
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I. INTRODUCTION

Gas-liquid bubbly flows are frequently encountered in the facilities of a nuclear power plant.

For example, they appear in a boiling water reactor core and the steam generators of a pressurized

water reactor. Exploring the flow mechanisms of the two-phase flows can ensure safety and improve

the efficiency of these facilities. Benefiting from the affordable computational cost, the Euler-Euler

model is widely used to study two-phase flows up to industrial dimensions. In the Euler-Euler

model, the interface between the gas and the liquid is not resolved and the interfacial momentum

interactions depend on the closure models for the bubble forces. Whereas, there is an inconsistency

in the bubble force models used in the standard Euler-Euler simulation. A closure model for the

bubble force is typically developed by tracking the trajectories of the bubbles’ centers of mass and

assuming that the force acts on these locations [1, 2, 3]. Whereas, the force becomes a function of

the local gas volume fraction when it is applied in the standard Euler-Euler model. As a result,

over-prediction of the gas volume fraction can appear in the center of a channel or near the channel

wall when the bubble dimension is larger than the cell spacing in simulations [4, 5].

(a) Force acts on bubble center (b) Force is a function of local gas volume fraction

Fig. 1. Bubble Force Effects on Gas Volume Fraction Distribution
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The phenomenon and the reason for the over-prediction of the gas volume fraction near the

channel wall are shown in Fig. 1. In this condition, the bubble dimension is larger than the radial

cell spacing. If the bubble force is the radial resultant force that acts on the bubble’s center-of-mass

(Fig. 1 a), after the bubble reaches the radial force balance location, the resultant force disappears

and the bubble radial location will be the same in different downstream locations. In this condition,

the radial profile for the bubble force should be unchanged in different downstream locations if the

bubble has reached its terminal velocity. In contrast, if the bubble force is a function of the local

gas volume fraction (Fig. 1 b), after the bubble reaches the force balance location for the radial

resultant force, the bubble force still exists in the cells. This force will continue to transport the

gas, which leads to the over-prediction of the gas volume fraction peak and a narrower peak near

the wall. A similar phenomenon can appear in the center of a channel as well.

The forces act on the particle centers in the particle-center-averaged Euler-Euler framework

developed by Prosperetti et al. [6, 7]. In this Euler-Euler approach, the phase-averaging method

and the particle-center-averaging method are used to average the solution variables for the contin-

uous phase and the disperse phase, respectively. However, a proper way to relate the quantities

averaged by these different methods when the particle dimension is larger than the cell spacing

is not provided. In the present study, the particle averaging method is represented by the spe-

cific term ”particle-center-averaging method (PCAM)”. Tomiyama et al. [4, 8] illustrated that

the bubble force inconsistency can be removed if the bubble’s number density is introduced in the

continuity equation. In contrast, the disperse phase momentum equation they used is not related

to the bubble’s number density and it is equivalent to the equation of the standard Euler-Euler

model. Therefore, the recovery they made is not comprehensive. In contrast, Lucas et al. [9, 10]

introduced the bubble’s number density into the momentum equation so that the bubble force

acts on the bubble’s centers-of-mass, but the solver they developed is only one-dimensional. A

three-dimensional solver is required to study the bubbly flow more comprehensively.

To further develop an Euler-Euler model where the bubble force consistency is recovered

for the bubbly flow simulations where the bubble diameter can be larger than the cell spacing, a

way to relate a phase-averaged quantity and the corresponding particle-center-averaged quantity

is needed. In previous studies, a bubble shape factor or a matrix that represents the fraction

of the bubble volume inside a computational cell was used to calculate the gas volume fraction
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from the bubble’s number density [4, 8, 10]. These ways to calculate the gas volume fraction are

equivalent to a convolution using a kernel function that represents the spatial extent of a single

bubble [11, 12]. However, these ways as well as the convolution method require high computational

resources. Moreover, implementing the convolution method efficiently in a simulation code using

unstructured grids is difficult if not impossible. In contrast, a diffusion-based method proposed

by Sun et al. [13, 14] requires fewer computational resources and is easier to implement for both

structured and unstructured grids. Moreover, it is theoretically equivalent to convolution with a

Gaussian kernel function. Therefore, the diffusion-based method is used to realize the Gaussian

convolution in this study.

In this study, the terms ”particle” and ”bubble” are used interchangeably since the aver-

aged conservation equations are the same, but only applications for bubbly flows are considered.

The present work further develops the particle-center-averaged Euler-Euler model for bubbly flow

simulations by combining the particle-center-averaged Euler-Euler framework proposed by Pros-

peretti et al. [7] with a Gaussian convolution method. The entire approach is implemented based

on the solver multiphaseEulerFoam in the OpenFOAM Foundation release [15]. The remaining

part of this article is organized as follows. Section II introduces the theory of the particle-center-

averaged Euler-Euler model. Section III presents the comparison between simulation results and

experimental data. The conclusions of this work are given in Section IV.

II. THEORY OF THE PARTICLE-CENTER-AVERAGED EULER-EULER MODEL

II.A. Averaging Method

Compared to the standard Euler-Euler model, the different feature of the present particle-

center-averaged Euler-Euler model is that the PCAM and the phase-averaging method are used to

average the solution variables of the disperse phase and the continuous phase, respectively. For the

average of the quantities related to the disperse phase (e.g. bubble’s center-of-mass velocity), each

bubble is regarded as a whole and the quantities are attached to the bubble’s center. Therefore,

a Dirac delta function δ indicating the location of the bubble center is involved in the averaging.
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The ensemble particle-center-average of a quantity Φ for the disperse phase is defined by [7]

⟨Φd⟩ (x, t) =
1

n(x, t)

∫
CN

[
N∑
b=1

δ
(
x− yb

)
Φb (N ; t)

]
P (N ; t) dCN . (1)

Herein, the notation ”< · >” indicates the particle-center-averaged quantity and a subscript d

denotes the disperse phase. In Eq. (1), x is the spatial coordinate vector, t is the physical time, n

is the number density of the bubble centers, CN describes the set of all possible dynamic states for

a system containing N indistinguishable bubbles, yb is the coordinate vector of the center location

for bubble b, Φb is the value of the quantity Φ for bubble b (b = {1, · · · , N}), and P (N ; t) is the

probability density function of a dynamic state at time t. The involved Dirac delta function has

the following property:

δ
(
x− yb

)
=

 ∞, x = yb;

0, otherwise.
(2)

The bubble’s number density is defined by

n(x, t) =

∫
P
(
x,ub, t

)
dub. (3)

Here ub is the center-of-mass velocity for bubble b, while P
(
x,ub, t

)
is one-bubble probability

density function, which is related to P (N ; t) as

P
(
x,ub, t

)
=

∫
P (N ; t) dCN−1. (4)

In addition, the relation ∫
Ω

ndΩ = N (5)

justifies that n is the bubble’s number density. Herein, Ω is the fluid domain.

According to Prosperetti et al. [7], the ensemble phase-average of a quantity Φ for the con-

tinuous phase is defined by

Φc(x, t) =
1

αc(x, t)

∫
CN

Φc (x, t;N)Xc (x;N)P (N ; t) dCN , (6)

where the overbar ” · ” indicates the phase-averaged quantity and a subscript c denotes the con-
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tinuous phase. In Eq. (6), Xc is the phase indicator function. Its value is 1 where the continuous

phase exists; otherwise, it is 0.

II.B. Field Equations

The field equations for Newtonian fluids from Prosperetti et al. [7] are summarized in this

subsection. The continuity equations for both phases are

∂nρd
∂t

+∇ · nρd ⟨ud⟩ = 0, (7)

and

∂αcρc
∂t

+∇ · αcρcuc = 0, (8)

where ρ is the density and u is the velocity. The momentum equation for the disperse phase is

∂βdρd ⟨ud⟩
∂t

+∇ · βdρd ⟨ud⟩ ⟨ud⟩ = −βd∇pc + βd∇ · Sc +∇ · βd ⟨Td⟩+ ⟨fd⟩+ βdρdg, (9)

where

βd = nVB. (10)

Herein, p, S, T, f , g and VB are the pressure, the viscous stress tensor, the Reynolds stress tensor,

the force per unit control volume, the acceleration of gravity and the bubble volume, respectively.

The momentum equation for the continuous phase reads

∂αcρcuc

∂t
+∇ · αcρc uc uc = −αc∇pc + αc∇ · Sc +∇ · αcTc + f c + αcρcg. (11)

In this study, both phases are regarded as incompressible and a fixed monodisperse bubble size is

assumed. Heat transfer, bubble swarm effects, as well as bubble coalescence and breakup are not

involved.

II.C. Closure Models

The number of the field equations (Eqs. (7), (8), (9) and (11)) is 4, while the number of the

unknown variables (n, ud, ⟨Td⟩, ⟨fd⟩, αc, uc, pc, Sc, Tc and f c) is 10. To obtain a solution for
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the two-phase flow problem, 6 closure equations are required to close the problem. As summarized

in Prosperetti et al. [7], ⟨Td⟩ is usually assumed to be zero for particle flow, which is similar to

the derivation result of the spherical drops in Stokes flow and the spherical bubbles in potential

flow. This assumption coincides with Helmholtz-Zentrum Dresden-Rossendorf (HZDR) baseline

model [16] where a laminar model is used to simulate the flow of the disperse phase. Therefore,

the assumption

⟨Td⟩ = 0 (12)

is employed in this study.

The interfacial momentum interactions are assumed to be represented by a linear combination

of the different contributions as follows:

⟨fd⟩ =
〈
fD
d

〉
+
〈
fSL
d

〉
+
〈
fWL
d

〉
+
〈
fVM
d

〉
+
〈
fTD
d

〉
+
〈
fWC
d

〉
. (13)

Herein, fD, fSL, fWL, fVM, fTD and fWC
d are the drag, the shear-lift, the wall-lift, the virtual

mass, the turbulent dispersion force and the wall-contact force per unit control volume, respectively.

The closure models for these forces are selected according to HZDR baseline model [16] listed in

Table I. As mentioned in Section I, the bubble force model developed in the literature is usually a

resultant force for a single bubble, which is the case for the selected drag, shear-lift, wall-lift and

virtual mass force model here. To convert the developed force model to the force in the disperse

phase momentum equation, the following relation is used:

⟨fd⟩ = nFB. (14)

Herein, FB is the resultant force for a single bubble. The turbulent dispersion force model proposed

by Burns et al. [17] is suitable for the standard Euler-Euler simulation because the first averaging

method for the drag force is phase-averaging. Based on their derivation procedure, a turbulent

dispersion force model for the Euler-Euler model based on PCAM is derived. The resulting model

is 〈
fTD
d

〉
= − 3βd

4dB
CDρc|⟨ud⟩ − ⟨uc⟩|

〈
νturbc

〉
σαc

(
∇βd

βd
− ∇αc

αc

)
. (15)

Herein, dB is the bubble diameter, CD is the drag coefficient, νturbc is the turbulent eddy viscosity
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TABLE I
HZDR Baseline Model for Bubbly Flow Simulations

Force and turbulence Selected model
Drag force Ishii and Zuber [19]

Shear-lift force Hessenkemper et al. [20] with cosine wall damping
Turbulent dispersion force Burns et al. [17]

Wall-lift force Hosokawa et al. [2]
Virtual mass force Constant coefficient, CVM = 0.5 [21]

Shear-induced turbulence k − ω SST [22]
Bubble-induced turbulence Ma et al. [23]

and σαc is the Schmidt number. The Schmidt number is typically set to be 0.9 and used in the

following simulations [18].

The wall-contact force model proposed by Lucas et al. [10] is adapted for bubbles with an

oblate ellipsoidal shape and used in the Euler-Euler simulations based on PCAM. The resulting

wall-contact force reads

〈
fWC
d

〉
= nπdBσ

{
1

L̃2
− 3L̃

2G

[(
4
√
G

3
+

L̃3

√
G

)
arctanh

(√
G
)
− 1

]}
nw, (16)

where L̃ = 2L/dB, G = 1− L̃3, L is the distance between the bubble’s center-of-mass and the wall,

σ is the surface tension coefficient, and nw is the unit wall-normal vector pointing into the fluid.

By assuming that the phase-averaged strain rate is approximated by the strain rate of the

phase-averaged velocity, we obtain the following relation for the viscous stress tensor of the con-

tinuous phase:

Sc = µc

[
∇uc + (∇uc)

T − 2

3
I∇ · uc

]
. (17)

Herein, µ is the dynamic viscosity and I is a unit tensor. The Reynolds stress for the continuous

phase is approximated by the Boussinesq assumption:

Tc = −2

3
ρckcI+ µturb

c

[
∇uc + (∇uc)

T − 2

3
I∇ · uc

]
. (18)

Herein, k is the turbulence kinetic energy, and µturb is the turbulent viscosity. As shown in Table I,

k − ω SST turbulence model is employed together with the bubble-induced turbulence model of

Ma et al. [23] to further calculate kc and µturb
c .

So far, we have 4 closure relations (Eqs. (12), (13), (17) and (18)). The remaining 2 closure
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relations are established by relating n and αc as well as relating ⟨fd⟩ and f c, which will be

introduced in Subsection II.D.

II.D. Conversion between Phase-averaged and Particle-center-averaged Quantities

Convolution with a Gaussian kernel is used to convert a particle-center-averaged quantity

to the corresponding phase-averaged quantity. In three-dimensional space, by solving a diffusion

equation, the relation between a phase-averaged quantity (Φ) and the corresponding particle-

center-averaged quantity (⟨Φ⟩) is established by

Φ(x, τ) =

∫
Ω

⟨Φ⟩ (x0)
1

(4πCdiffτ)
3
2

exp

[
− (x− x0)

2

4Cdiffτ

]
dx0, (19)

where x0 are the spatial locations, while Cdiff and τ are the diffusion coefficient and the diffusion

pseudo-time, respectively. In this way, the gas volume fraction is related to the bubble’s number

density by

αd(x, τ) =

∫
Ω

n (x0)VB
1

(4πCdiffτ)
3
2

exp

[
− (x− x0)

2

4Cdiffτ

]
dx0. (20)

With Eq. (20) and the relation αc = 1− αd, the relation between αc and n is determined.

Similarly, the phase-averaged force of the disperse phase is related to the particle-center-

averaged force by

fd(x, τ) =

∫
Ω

⟨fd⟩ (x0)
1

(4πCdiffτ)
3
2

exp

[
− (x− x0)

2

4Cdiffτ

]
dx0. (21)

With Eq. (21) and the relation f c = −fd, the relation between f c and ⟨fd⟩ is determined. Besides,

the phase-averaged gas velocity is related to the particle-center-averaged gas velocity by

ud(x, τ) =
1

αd(x, τ)

∫
Ω

n (x0)VB ⟨ud⟩ (x0)
1

(4πCdiffτ)
3
2

exp

[
− (x− x0)

2

4Cdiffτ

]
dx0. (22)

On the contrary, the weighted-average velocity of the continuous phase at the bubbles’ centers

of mass ⟨uc⟩ is required when calculating the force in the bubbles’ centers ⟨fd⟩. The velocity can

be calculated from the corresponding phase-averaged continuous phase velocity uc by the following
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Gaussian convolution:

⟨uc⟩ (x0, τ) =

∫
Ω

uc (x)
1

(4πCdiffτ)
3
2

exp

[
− (x− x0)

2

4Cdiffτ

]
dx0, (23)

As is shown in above equations, the quantity converted by the Gaussian convolution which is

realized by the diffusion-based method depends on Cdiff and τ . Without loss of generality, Cdiff

is set to be 1 m2 s−1 for all diffusion processes in the present study, while the optimized value

for τ , which is 0.03356 × d2B/Cdiff , is used. Note, the optimized diffusion time is related to Cdiff .

Therefore, if the Cdiff is set to be another value instead of 1 m2 s−1, the optimized diffusion time

will be adjusted correspondingly. At last, the conversion results will be the same under the different

chosen value for Cdiff and the corresponding optimized diffusion time.

III. SIMULATION RESULTS COMPARED TO MEASUREMENTS

This section considers bubbly flows in different vertical pipes to evaluate the Euler-Euler

model based on PCAM. For the bubbly flow cases, the experimental conditions and simulation

setups are presented. Afterward, the predictions of the standard Euler-Euler model and the Euler-

Euler model based on PCAM are compared with experimental data and discussed.

III.A. Description of the Experiments

Experimental data are from the measurement test loop (MTLoop) facility [24, 25] as well as

from the experiments reported by Hosokawa et al. [26]. For both test facilities, the test section is

a vertical pipe. The inner diameter of the pipe in the MTLoop experiment is about 2 times that

of the experiment of Hosokawa et al. The experimental conditions are summarized in Table II. A

schematic for the test facility is shown in Fig. 2. In the experiments, water from a water tank at

around room temperature and atmospheric pressure is supplied to the test section by a circulation

pump. Air is compressed by a compressor and injected into the test section from the bottom.

After the air-water mixture leaves the test section, the water comes back to the tank where a heat

exchanger is used to control the temperature. Meanwhile, the air is released into the environment.

The experimental data were obtained by different techniques, including intrusive and non-

invasive methods. In the MTLoop experiment, the bubble characteristics, including local gas
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TABLE II
Experimental Conditions (LDV: laser Doppler velocimetry system)

Experimental conditions MTLoop experiment Experiment of Hosokawa et al.
Disperse phase air air

Continuous phase water tap water
Temperature [K] 303.15 298.15
Pressure [Pa] 101325 101325

Pipe inner diameter [mm] 51.2 25.0
Pipe length [m] 3.5 2.0

Measurement plane [m] 3.03 1.7
Bubble characteristic measurement wire-mesh sensors image processing method
Liquid characteristic measurement - LDV

Fig. 2. Schematic of Test Facility.

volume fraction, bubble size, and axial bubble velocity, were obtained at several axial heights by

the wire-mesh sensor with two measurement planes. In the experiment of Hosokawa et al., the pipe

of the test section was made of FEP (fluorinated ethylene-propylene resin). It is transparent and

its refractive index is close to that of water. The bubble images were recorded by two high-speed

cameras. The bubble characteristics were obtained by post-processing the recorded images. The

liquid velocities were obtained by a laser Doppler velocimetry system (LDV).
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Fig. 3. Geometry and Boundary Settings

III.B. Simulation Setup

III.B.1. Models and Numerical Scheme

As mentioned in Subsection II.C, the HZDR baseline model together with a wall-contact

force is employed in the particle-center-averaged Euler-Euler simulations. For the standard Euler-

Euler simulation, the HZDR baseline model is also employed. The bubble shape model proposed

by Ziegenhein et al. [27] and the pressure treatment of Rzehak et al. [28] are used.

For the discretization of the convection terms, a flux-limiter is used to make the simulations

stable. A first-order Euler implicit scheme is used for temporal discretization. Similarly, for the

discretization of the diffusion equations solved for the quantity conversions, a first-order Euler

implicit scheme is used for the temporal discretization and a Gauss linear scheme is used for the

discretization of the Laplacian term.

III.B.2. Geometry and Boundary Condition

The flows in the locations where a comparison is made for simulation results and experimental

data are regarded as fully developed and circumferentially symmetric. Therefore, to save compu-

tational cost, the computational domain for the simulations is a narrow sector of the test-section

pipe with wedge boundary conditions imposed on the side faces. The same was done in previous
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studies [5, 29, 18]. The geometry and boundary settings are shown in Fig. 3. The simulations for

the MTLoop experiment feature a center angle of the wedge of 1.0◦, while the simulations based

on the experiment of Hosokawa et al. have a center angle of 2.5◦. The different choices for the

central angle are not on purpose and they should not make any difference in the simulation results.

According to the test results (not shown here), the simulation results of some MTLoop cases with

the central angle equal to 1.0◦ are about the same as that with the central angle equal to 2.5◦.

The inlet velocities and volume fractions are calculated from the superficial velocities obtained

in the experiments. At the inlet, the spatial distributions of the velocities and the volume fractions

are uniform. In addition, by assuming a vanishing relative velocity between air and water, the axial

velocities are calculated by

ud = uc = Jd + Jc, (24)

where J is the superficial velocity. The inlet gas volume fraction is computed by

αd =
Jd

Jd + Jc
. (25)

III.B.3. Computational Mesh and Selected Cases

A quasi-two-dimensional mesh is applied to the computational domain for the simulations.

Only one layer of computational cells is used in the circumferential direction. Besides, the cell

spacing is uniform in the axial and radial directions. For the simulations of MTLoop experimental

cases, the numbers of grid cells in the radial and axial directions are 50 and 800, respectively.

For the simulation of the experimental cases of Hosokawa et al., the numbers of grid cells in both

directions are 40 and 800, respectively. The simulation results with these mesh resolutions are

mesh-independent.

The detailed parameters for the selected cases are listed in Table III. The name of the

MTLoop cases starts with ”MT”, while the name of the experimental cases of Hosokawa et al.

begins with ”HO”. As is shown in Table III, the ratio between the bubble diameter and the radial

cell spacing is larger than 7. Therefore, the chosen mesh resolutions are suitable for the simulations

to reveal the nonphysical phenomena caused by the inconsistency of the bubble force models used

in the standard Euler-Euler simulations. They are also proper for the simulations to illustrate the

ability of the PCAM in recovering the consistency.
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TABLE III
Parameters for the Selected Cases (∆r: radial cell spacing)

Name Jc [m s−1] Jd [m s−1] dB [mm] dB/∆r [-]
MT19 1.017 0.004 4.44 8.7
MT42 1.611 0.0096 3.89 7.6
MT64 1.611 0.0235 4.40 8.6
MT98 2.554 0.0898 4.01 7.8
MT109 2.554 0.14 4.38 8.6
MT120 2.554 0.219 4.78 9.3
HO11 0.5 0.018 3.21 10.3
HO12 0.5 0.025 4.25 13.6
HO21 1.0 0.02 3.52 11.3
HO22 1.0 0.036 3.66 11.7

III.C. Comparison of Simulation Results and Experimental Data

III.C.1. Gas Volume Fraction

Figure 4 shows the profiles for the gas volume fractions simulated with the Euler-Euler model

based on PCAM and the standard Euler-Euler model in comparison with the profiles obtained in

the MTLoop experiment. Herein, r is the radial coordinate and R is the pipe radius. For all cases,

the deviation between the simulation results and the experimental data appears in the region near

the gas volume fraction peaks. The peak of the gas volume fraction profiles simulated with the

standard Euler-Euler model is higher than the peak in the experimental data. The simulated

peak is about 1.37, 4.72, 2.30, 6.38, 3.95 and 2.13 times the peak in the experimental data for

cases MT19, MT42, MT64, MT98, MT109 and MT120, respectively. Herein, the maximum of the

simulation results and the measurement data are used in the comparisons and these maxima can

appear in different radial locations. In addition, for case MT42, the simulated peak is narrower

than the peak in the experimental data. The reason for the over-predicted and narrow peaks is

that the shear-lift force and the wall-lift force drive the gas to the peak without considering the

bubble dimension because these forces are functions of the local gas volume fraction.

After using the PCAM in the Euler-Euler simulations, the over-prediction of the gas volume

fraction peaks is alleviated. The simulated peak turns to be around 1.05, 1.99, 1.55, 3.87, 2.73 and

1.65 times the peak in the experimental data for the cases. Moreover, for case MT42, the width of

the simulated peak agrees well with the experimental data. The reason is that using the PCAM

in the Euler-Euler simulations changes the bubble forces to act on the bubbles’ centers of mass by
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(a) MT19 (b) MT42

(c) MT64 (d) MT98

(e) MT109 (f) MT120

Fig. 4. Gas Volume Fraction for MTLoop Experimental Cases (”E-E”: Euler-Euler model).
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(a) HO11 (b) HO12

(c) HO21 (d) HO22

Fig. 5. Mean Gas Volume Fraction for Experimental Cases of Hosokawa et al. (”E-E”: Euler-Euler
model).

introducing the bubble’s number density.

The gas volume fractions simulated by both Euler-Euler models together with the data

obtained in the experiment of Hosokawa et al. are shown in Fig. 5. The simulation results were

averaged between 6 s and 10 s of simulation time because the standard Euler-Euler simulations

for cases HO21 and HO22 did not reach a steady state. For case HO12, the simulated gas volume

fraction profiles with both Euler-Euler models are close to each other, and the simulation results are

close to the experimental data near the wall with 0.5 < r/R < 1, but they are under-predicted in

the pipe-center region. The reason for the deviation is that the drag force used in the simulations

is not strong enough. The simulated gas velocity is over-estimated, which leads to the under-

prediction of gas volume fraction when the gas volumetric flow rate is fixed.
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For the remaining cases, the gas volume fraction peak simulated with the standard Euler-

Euler model is higher and narrower than the peak in the experimental data. It is about 2.29, 1.56,

and 1.54 times the peak in the experimental data for cases HO11, HO21, and HO22, respectively.

Similar to the condition in the MTLoop cases, the reason for the over-predictions is that the bubble

forces are functions of the local gas volume fraction, and the shear-lift and the wall-lift force induce

gas over-concentration near the wall peak. After changing the bubble forces to act on the bubbles’

centers of mass by the PCAM, the over-prediction of the gas volume fraction peak for case HO11

is alleviated. The simulated peak is 1.89 times the peak in the experimental data. However, for

case HO11, the gas volume fractions simulated with both Euler-Euler models are over-estimated

near the wall and under-estimated in the pipe center region with 0 < r/R < 0.6. This results from

the fact that in the simulations, the shear-lift force is too strong or the wall-lift force is not strong

enough. For cases HO21 and HO22, the gas volume fraction peaks simulated with the PCAM are

close to the peaks in the experimental data. Furthermore, compared with the standard Euler-Euler

simulation results, the shape of the gas volume fraction profile for cases HO21 and HO22 simulated

with the PCAM is closer to the shape of the measurement profiles.

III.C.2. Axial Gas Velocity

Figure 6 shows the axial gas velocity profiles simulated by both Euler-Euler models in com-

parison with the data obtained in the experiment. For cases MT19 and MT42, near the wall with

0.90 < r/R < 0.95, the gas velocities simulated with the standard Euler-Euler model are slightly

higher than the results of the Euler-Euler model based on PCAM. The reason is that in this region,

the gas volume fraction simulated with the standard Euler-Euler model is higher, which induces

a higher buoyancy force for the gas phase. Overall, the axial gas velocities simulated with both

Euler-Euler models are almost the same and agree well with the experimental data.

For cases HO21 and HO22, in the pipe-center region with 0 < r/R < 0.8, the gas velocities

simulated with both Euler-Euler models are approximately the same. Near the wall, a difference

appears in the simulated gas velocities. Similar to the results of cases MT19 and MT42, in

the region with 0.80 < r/R < 0.92, the gas velocities simulated with the standard Euler-Euler

model are higher than that simulated with the Euler-Euler model based on PCAM. This also

corresponds to the high gas volume fractions simulated with the standard Euler-Euler model.
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(a) MT19 (b) MT42

(c) HO21 (d) HO22

Fig. 6. Axial Gas Velocity for Experimental Cases of MTLoop (”E-E”: Euler-Euler model).

In this region, the gas velocities simulated with the Euler-Euler model based on PCAM fit the

experimental data better than the results of the standard Euler-Euler model. For both cases, the

results simulated with both Euler-Euler models are over-predicted. The deviation is higher than

the reported measurement uncertainty which is 3% [26], but further analysis is stopped by the fact

that the measurement data do not cover the whole cross-section of the pipe.

III.C.3. Axial Liquid Velocity

For axial liquid velocity, the comparison between the simulation results and data obtained

in the experiment of Hosokawa et al. is shown in Fig. 7. The liquid velocities simulated with

both Euler-Euler models match. In addition, the simulation results are slightly over-predicted,

but the shape of the simulated and measurement profiles are similar. The deviation between the
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(a) HO11 (b) HO12

(c) HO21 (d) HO22

Fig. 7. Axial Liquid Velocity for Experimental Cases of Hosokawa et al. (”E-E”: Euler-Euler
model).

simulation results and the experimental data may come from the measurement uncertainty in the

data. Although the reported uncertainty of the measurement liquid velocity is around 1% [26], for

case HO11, the liquid volumetric flow rate calculated from the measurement axial liquid velocity

and liquid volume fraction is about 5% lower than the flow rate calculated from the superficial

liquid velocity. Based on this situation, it is speculated that the measurement liquid velocities are

slightly lower than the expected values.

III.C.4. Liquid Turbulence Kinetic Energy

Figure 8 gives the profiles for the liquid turbulence kinetic energy simulated by both Euler-

Euler models in comparison with the data obtained in the experiment of Hosokawa et al. The
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(a) HO11 (b) HO12

(c) HO21 (d) HO22

Fig. 8. Liquid Turbulence Kinetic Energy for Experimental Cases of Hosokawa et al. (”E-E”:
Euler-Euler model).

turbulence kinetic energies simulated with both Euler-Euler models are close to each other. For

cases HO11 and HO12, the shape of the simulated profiles is different from the shape of the

measurement ones. For cases HO21 and HO22, the shape of the simulated profiles is similar to

that of the measurement ones except that the high wall peak in the measurement profiles is not

reproduced in the simulation results.

IV. DISCUSSION AND CONCLUSION

A particle-center-averaged Euler-Euler model has been developed by combining a particle-

center-averaged Euler-Euler framework with a Gaussian convolution method. With this combi-

nation, the particle-center-averaged Euler-Euler model can be employed for the two-phase flow
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simulation with the bubble diameter larger than the computational cell spacing. To evaluate this

approach, the results simulated with the particle-center-averaged Euler-Euler model and the stan-

dard Euler-Euler model are compared with experimental data for bubbly flows in two different

vertical pipes. The results illustrate that when the bubble diameter is larger than the radial cell

spacing, the radial gas volume fraction peak for the wall-peaking cases is over-predicted by the

standard Euler-Euler model. Besides, the peak can be narrower than the peak in the experimental

data. Using the particle-center-averaging method in Euler-Euler simulation alleviates the over-

predictions of the gas volume fraction peaks and widens the peak for wall-peaking cases. These

prove that using the particle-center-averaging method in the Euler-Euler model recovers the con-

sistency of the bubble forces. The axial gas and liquid velocity as well as liquid turbulence kinetic

energy simulated with both Euler-Euler models are close to each other.

In the validations, the particle-center-averaged Euler-Euler approach does not lead to better

agreements for all bubbly flow cases because this approach solves only one problem for the bubbly

flow modeling. The deviation between the simulation results and the experimental data may

come from inconsistencies in the bubble force models and the measurement uncertainty in the

experimental data. Further research to decrease the deviation is beyond the scope of this work.
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